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a b s t r a c t

H2 recovery from large quantities of toxic H2S, the by-product of various minerals, coal and petroleum
processing operations is an attractive proposition for efficient resource and energy utilization. This study
has examined the analysis of a double-pipe membrane reactor internally packed with a Ru-Mo catalyst for
the catalytic desulfurization of H2S and H2 generation. Due to the endothermic nature of the reaction, a
non-isothermal model was employed. The effect of tube and shell-side residence times, sweep gas (argon)
flow direction within the annular space between shell and inner membrane tube (relative to the H2S
feed) and the shell-to-tube side pressure ratio on H2S conversion were investigated. The counter-current
ounter-current
omposite metallic membrane

2S catalytic decomposition

mode of reactor operation generally gave better H2S conversions than the co-current mode (40–60%).
Irrespective of shell-to-tube side pressure ratio, conversion in both modes of operation exceeded the
thermodynamically-imposed ceiling by between two- and five-fold increase. The niobium membrane
proposed was internally-coated with platinum to improve resistance to H2S attack. The analysis showed
that an optimum Pt thickness of about 1 �m is attainable although the possible formation of hairline cracks
may necessitate the use of a higher coating. The model also accounted for the temperature-dependency
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of the membrane H2 perm

. Introduction

H2S is produced in large quantities during the processing of
etroleum, coal and mineral ores. Along with H2S from natural
as treatment, the annual global production is nearly three billon
ones [1]. Although H2S finds limited low-level use in the manufac-
ure of sulfides, various organosulfur compounds and heavy water;
ue to its toxicity, H2S must be removed or reduced to environ-
entally acceptable levels before disposal. Current technologies

or the removal of H2S from process off-gases depend on either
he Claus process in which H2S is burnt to release saleable sul-
ur and water, or absorption into caustic or amine solution such as
he Selexol, Hot Carbonate process or the Alkazid process [2]. In
he mineral processing industries, H2S may also be removed via a
umber of thermochemical cycles involving metal oxide sulfida-
ion followed by revivification as in the Dry-Box Process. While the
et energy released from these routes may be used for low grade

rocess heat requirements, it is evident that hydrogen utilized orig-

nally in the desulfurization process (either for crude petroleum,
oal or mineral ores) is ultimately discarded as water. However,
aymont [3] has pointed out the beneficial economics of H2 recov-

∗ Corresponding author. Tel.: +61 2 93855268; fax: +61 2 93855966.
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ty in order to have a more realistic assessment of the reactor performance.
© 2008 Elsevier B.V. All rights reserved.

red from H2S. Consequently, the splitting of H2S into sulfur and
aluable H2, which can be recycled, has attracted investigation
ithin the last three decades following Raymont’s economic anal-

sis. Catalytic desulfurization of H2S has shown better promise in
erms of yield and its kinetics and mechanism have been studied by
ifferent authors [4–6]. However, the reaction is highly endother-
ic (�H298 = 158 kJ mol−1) and the equilibrium conversions are low

<10%) even at high temperatures (T > 1000 K) [7]. Since the reac-
ion is equilibrium-limited, simultaneous separation of H2 from the
eaction will improve the process performance by shifting the equi-
ibrium in favour of product formation [8]. It is in this respect that
he catalytic packed bed membrane reactor becomes attractive.

Ceramic and composite metal membranes are commonly used
or product separation in H2-mediated reactions [8–10]. While
eramic membrane may be resistant to H2S attack, they exhibit
elatively poor selectivity towards H2. However, metal membranes,
or example, Pd, combine excellent mechanical strength with high

2 selectivity and have therefore been used in many in-situ H2-
emoval operations to achieve desired equilibrium shift [10–12].
or instance, Itoh [11] suggested that 100% conversion during cyclo-

exane dehydrogenation may be attained by using a palladium
embrane reactor if the operating conditions are properly cho-

en. Even so, Pd and most metal membranes may be irreversibly
ttacked by H2S leading to increased pore size and reduced permse-
ectivity. Edlund and Pledger [13] have circumvented this constraint

http://www.sciencedirect.com/science/journal/13858947
mailto:a.adesina@unsw.edu.au
dx.doi.org/10.1016/j.cej.2008.02.028
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Nomenclature

A = (2�rL) area of the membrane (m2)
Ai internal tube area (m2)
Ao external tube area (m2)
CH concentration of H+ atoms on the membrane

(mol m−3)
Cy

H2
= (Cpy

H2

/Cpy
mixo

) dimensionless heat capacity of H2 cal-

culated at a particular point along the reactor y (“t”
tube or “s” shell)

Cpy
H2

H2 heat capacity (J mol−1 K−1)

Cpy
mixo

heat capacity of the mixture at the inlet (y is “t” tube

or “s” shell) (J mol−1 K−1)
Dat Damkohler number
Dat

o initial Damkohler number (at the tube inlet)
Ds shell diameter (m)
DMA diffusivity of H+ atoms through the membrane

(m2 s−1)
Dt tube diameter (m)
Ea activation energy (kJ mol−1)
F total molar flow rate of H2 passing through the

membrane (mol s−1)
Fs

toto
initial total molar flux rate to the shell side (mol s−1)

F t
toto

initial total molar flow rate to the tube side (mol s−1)

Fy
tot =

(
Fy

tot/Fy
toto

)
Dimensionless total flux on y, where y can

be “t” for the tube or “s” for the shell.
Fy

w =
(

Fy
w/Fy

toto

)
dimensionless flux of the component w on

y. The superscript y can be “t” for the tube or “s” for
the shell. w = H2S, H2 or S2.

hf heat transfer coefficient from the furnace to the shell
(J m−2 s−1 K−1)

hi internal tube heat transfer coefficient
(J m−2 s−1 K−1)

hio hio = hi(Ai/Ao)
ho external tube heat transfer coefficient

(J m−2 s−1 K−1)
hH2 dimensionless H2 flux through the membrane
−�Hrxn heat of reaction (J mol−1)
kH2S, ko

H2S reaction rate constants (mol g-

catalyst−1 s−1 kPa−0.5)
K equilibrium constant (kPa−0.5)
Ks Sievert’s constant (mol m−3 kPa−0.5)
l longitudinal position on the reactor (m)
L total length of the reactor (m)
NH flux of hydrogen atoms through the membrane

(mol m−2 s−1)
NH2 flux of H2 through the membrane (mol m−2 s−1)
NHR dimensionless heat of reaction
PH2 partial pressure of hydrogen (kPa)
PH2S partial pressure of H2S (kPa)
PS2 partial pressure of S2 (kPa)
Ps

tot shell total pressure (kPa)
Pt

tot tube total pressure (kPa)
Q heat transfer rate from the shell to the tube (J s−1)
r tube radius (m)
r̄ average radius (m)
rts residence time on the shell (s)
rtt residence time on the tube (s)
R ideal gas universal constant R = 8.31447 e − 3

(kJ mol−1 K−1)

Rf ratio of the feed total molar flow rate through the
tube Ft

toto
to the feed total molar flow rate through

the shell Fs
toto

. Rf =
(

F t
toto

/Fs
toto

)
Rh Rh =

(
hio/hi

)
Rp ratio between the total pressure of the shell Ps

tot and
the total pressure of the tube Pt

tot. Rp =
(

Ps
tot/Pt

tot

)
Stt, Sts, Sts

t Stanton numbers
Tf furnace temperature (K)
Ts shell temperature (K)
Ts

o initial shell temperature (inlet) (K)
Tt tube temperature (K)
T t

o initial tube temperature (inlet) (K)
Tu dimensionless number that represents the ratio of

the hydrogen permeation rate to the tube feed rate.
Tw wall temperature (K)
UH2 permeation coefficient (mol s−1 kPa−0.5)
Utg overall heat transfer coefficient between the tube

and shell
V volume of the tube reactor (m3)
Vs volume of the annular shell (m3)
yy

w molar composition of the component w on y, where
w = H2S, H2, S2 or Ar, and y = “t” for tube or “s” for
shell

z = l
L dimensionless longitude of the tube. z = (l/L)

Greek letters
−�H2S kinetic rate of reaction (mol m3 s−1)(
−�H2S

)
th

thermal decomposition kinetic rate (mol m3 s−1)
ı membrane thickness (m)
εb catalyst bed void fraction
�bed catalyst bed density (g-catalyst m−3)
�MA membrane permeability (mol m−1 s−1 kPa−0.5)
�s

mol molar density of the fluid on the shell (mol m−3)
�t

mol molar density of the fluid on the tube (mol m−3)

˚f =
(

T f/T t
o

)
dimensionless temperature of the furnace

˚s =
(

Ts/T t
o

)
dimensionless temperature of the shell

˚t =
(

T t/T t
o

)
dimensionless temperature of the tube

Subscripts
Nb niobium
o initial (at the inlet)
Pt platinum
tot total
toto total at the inlet

Superscripts

u
H
i
t
m
b
i
h
m

i
7

s shell
t tube

sing a vanadium membrane coated with Pt (strongly resistant to
2S attack) on the reactive (interior) side where the corrosive H2S

s produced. Such a composite metal membrane was reportedly
hermally stable up to 973 K. In fact, the permselectivity of several

etallic membranes as function of temperature has been studied
y Buxbaum and Kinney [14]. Their data suggested the superior-
ty of Nb over many other transition metals as membrane when
igh H permselectivity is required. Consequently, a Pt-coated Nb
2
embrane has been employed in the present work.
Fukuda et al. [15] found that the molybdenum disulfide MoS2

s an effective catalyst for the decomposition of H2S over the range
73–1073 K. They reported more than 95% conversion of the H2S
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d in either co-current or counter-current mode.
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Table 1
Membrane reactor characteristics and operating conditions

Parameter Values

Length of the reactor L 0.6 m
Diameter of the tube Dt 9.017 × 10−3 m
Diameter of the shell Ds 1.96 × 10−2 m
Thickness of niobium membrane 1. × 10−3 m
Thickness of platinum film 2.5 × 10−5 m
Total operating pressure Pt

tot 101.325 kPa
T

T
S

w
t
o
p

C

h
be expressed as a function of the hydrogen partial pressure by
combining Eqs. (1) and (2):

NH = −DMAKs
∂PH2

1/2

∂r
(3)
Fig. 1. Membrane catalytic reactor operate

nto hydrogen and sulfur by intermittent separation of hydrogen
rom the reaction gas mixture in a Vycor glass packed reactor.
aloidas and Papayannakos [16] have also derived a Langmuir-
inshelwood kinetic model for hydrogen sulfide decomposition
n MoS2. Adesina and co-workers [5,17,18] also studied the hydro-
en sulfide decomposition on CoS-MoS2 [18] and Ru-Mo sulfide
17] catalysts finding higher activities than with MoS2. The best
erformance was achieved with the Ru-Mo sulfide catalyst which
xhibited an activity about four times higher than other supported
atalysts previously reported.

Analysis of shell and tube membrane reactors in the literature
as been mostly focused on co-current flow (between the feed and
weep gas) operation [7–9,19]. However, the possible advantages

for example, improved heat transfer efficiency – that may be
ffered by the counter-current operation as exhibited by double-
ipe heat exchangers are well known [20]. Zaman and Chakma [19]
arried out the modeling of H2S thermal decomposition in a co-
urrent membrane reactor and concluded that for high sweep gas
ow rates, high conversions may be achieved by using high tem-
eratures, thin-wall membranes and a reactor configuration with
igh surface to volume ratio and a high reactor residence time.
t low sweep gas rates, conversions approached limiting values
epending of the other process conditions. In a previous study,
han et al. [8] also showed that the performance of a co-current
2S catalytic membrane reactor improved the H2 yield beyond the
quilibrium values. Significantly, that investigation neither admit-
ed the temperature-dependency of the membrane permeability
or variation in the Pt layer thickness in the reactor analysis.

ndeed, as discussed later, the treatment of the counter-current
ode of operation is a nonlinear boundary-value problem rather

han an initial-value problem and hence, distinctly more involv-
ng from a mathematical analysis standpoint. Thus, the objective
f the present work is to develop a robust model that permits
he realization of these attributes as well as the contributions of
omogeneous decomposition to the overall reaction rate in order to
btain a realistic comparison of the performance between co- and
ounter-current operation of the double-pipe packed bed catalytic
embrane reactor.

. Model development

A schematic diagram of the shell and tube membrane reactor
s shown in Fig. 1. The feed to inner tube packed with Ru-Mo sul-
de catalyst is an H2S/argon mixture. The sweep gas through the
nnulus was pure argon. Table 1 shows the reactor properties.

.1. Hydrogen transport through the membrane

Hydrogen transport through metals has been studied exten-
ively [14]. It is known that hydrogen molecules (H2) dissociate

nto hydrogen atoms to diffuse through metals. For the geometry
hown in Fig. 2, the flux of hydrogen atoms may be described by
ick’s law as:

H+ = −DMA
∂CH

∂r
(1)
ube inlet temperature = shell inlet
temperature = furnace temperature, T t

o = Ts
o = T f

973.15 K

ube inlet composition 20% H2S, 80% argon
hell inlet composition 100% Argon

here NH is the flux of H, DMA is the diffusivity of hydrogen atoms
hrough the membrane, r is the radius and CH is the concentration
f hydrogen in the metal, which is in equilibrium with the partial
ressure of hydrogen in the fluid side according to the Sievert’s law:

H = KsPH2
1/2 (2)

Ks is the Sievert constant and PH2 is the partial pressure of
ydrogen. Thus, the flux of H atoms through the membrane can
Fig. 2. Cross sectional view of the tube-and-shell membrane reactor.
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The flux of hydrogen molecules (H2) is half the flux of hydrogen
toms:

H2 = −�MA

∂P1/2
H2

∂r
(4)

here the term �MA = DMAKs/2 is the permeability of the material
14]. Thus, the material balance across the curved surface area for
he inner tubular reactor is given by:

= −�MA(2�rL)
∂P1/2

H2

∂r
(5)

Integrating over the tube thickness yields:∫ r2

r1

∂r

r
= −�MA(2�L)

∫ Ps
H2

Pt
H2

∂P1/2
H2

(6)

Hence, the H2 flux through the membrane can be expressed as:

H2= F

A
= F

(2�r̄L)
= �MA

r̄ ln(r2/r1)
((Pt

H2
)
1/2−(Ps

H2
)1/2) = UH2 (�P1/2

H2
)

(7)

here the permeation coefficient UH2 is defined as:

H2 = �MA

r̄ ln(r2/r1)
(8)

In the case of multiple metal layers, the total transport resistance
ay be obtained from:

1
UH2

=
∑

i

r̄i ln(rexti
/rinti

)

�MAi

(9)

If the membrane thickness is very small compared with the
adius of the reactor (r2 ≈ r1) the analysis simplifies to:

H2 = F

A
= �MA

ı

(
(Pt

H2
)
1/2 − (Ps

H2
)1/2

)
= UH2 (�P1/2

H2
) (10)

here A and ı are the area and thickness of the membrane respec-
ively. The permeation coefficient is defined as:

H2 = �MA

ı
(11)

nd for a multilayer metal composite, UH2 may be obtained from:

1
UH2

=
∑

i

ıi

�MAi

(12)

Niobium was chosen as the membrane material due to its high
ermeability to hydrogen [14]. The tube-side of the membrane is
oated with a layer of platinum to ensure the resistance of the mem-
rane to the H2S attack. The platinum layer must, however, be thin
ecause of its low H2 permeability. Buxbaum and Kinney [14] have
rovided plots of the H2 permeability for several metals as a func-
ion of temperature. From these data the temperature-dependent
ermeability for Pt and Nb were obtained as:

�MAPt = −3.6893 × 10−6

T
+ 5.281 × 10−9

�MANb
= 4.3122 × 10−2

T
− 3.0484 × 10−5

(13)

here �MAPt and �MANb
are the H2 permeability

mol m−1 s−1 kPa−0.5) for Pt and Nb respectively.
.2. Kinetic model for catalytic H2S decomposition

The catalytic decomposition of H2S over alumina supported
u-Mo sulfide over the range 863–973 K has been experimentally

nvestigated in our laboratory by Gwaunza and Adesina [17]. The

T

(

w

ig. 3. H2S decomposition rate as a function of feed composition for alumina sup-
orted Ru-Mo sulfide catalyst. (Experimental data obtained by Gwaunza and Adesina
17]).

ata from that study were used to evaluate the kinetic parameters
f the reversible reaction rate model employed in this paper. The
eversible H2S decomposition written;

2S � H2 + 1
2

S2 (14)

ay be described by:

�H2Scatalytic
= kH2S(PH2S − 1

Keq
PH2 P1/2

S2
)�bed (15)

here,

H2S = ko
H2Se−Ea/RT (16)

nd K is the equilibrium constant. A fit of the exper-
mental data at four different temperatures between 863
nd 973 K gave, ko

H2S = 3.8505 × 10−2 mol g-catalyst−1 s−1 kPa−1,

a = 87.22 kJ mol−1, �bed is the catalyst bed density and R is the gas
onstant (=8.314 J mol−1 K−1) where Keq is given by [6];

eq = 3782e−10871/T kPa1/2 (17)

Fig. 3 shows good agreement between the empirical data and the
inetic model. Homogeneous thermal gas phase decomposition of
2S is significant at temperatures greater than 973 K as demon-

trated by the data of Kaloidas and Papayannakos [4]. They have
roposed an expression for this non-catalytic rate as:

�H2Sthermolysis
= khom

(
PH2S − 1

Keq
PH2 P1/2

S2

)
(18)

here,

hom = 7.740e−195811.2/RT mol cm−3 s−1 kPa−1 (19)

Fig. 4 illustrates the comparison between the catalytic and ther-
al decomposition rates for a feed with 20% H2S/argon as a function

f temperature when the total reactor pressure is 101.3 kPa. In order
o obtain a representative performance of the double-pipe mem-
rane packed bed reactor, a hybrid rate equation which accounts for
he contribution of the direct gas phase thermolysis was employed.

hus, the rate equation used in the reactor modeling below is;

−�H2S) = (−�H2Scatalytic
) + (−�H2Sthermolysis

)εbed (20)

here εbed is the bed voidage.
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.3. Membrane reactor model equations

In order to simplify the analysis of the membrane reactor, it is
ssumed that:

. Plug flow conditions exist in both the shell and tube side.

. Negligible axial pressure drop prevails in both packed bed and
annular space.

. H2 permeation through the membrane follows Eq. (10).

. Neither H2S nor S2 molecules permeate through the membrane,
i.e. 100% H2 permselectivity.

. The Pt-coated Nb membrane is catalytically inactive.

. Reactant and sweep gas can flow co- or counter-current.

. The reactor is operated non-isothermally (�H298 = 158 kJ mol−1)
[20].

Based on these assumptions the steady-state mass and energy
alance equations for the membrane reactor are:

Tube-side:
H2S balance

d(F t
H2S)

dz
= −Dat (21a)

here Dat is the tube-side Damkholer number.
H2 balance

d(F t
H2

)

dz
= Dat − Tu((yt

H2
)

1
2 − (Rpys

H2
)

1
2 ) (21b)

Tu is the ratio of the H2 permeation rate through the tube and
olar feed rate to the tube and Rp is the total pressure ratio between

he shell and tube sides.
S2 balance
From the reaction stoichiometry, the tube-side S2 flux may be

stimated from:

t
S2

=
F t

H2S − F t
H2S

2
(21c)

Shell-side:
H2 balance
d(Fs
H2

)

dz
= ±[−TuRf((y

t
H2

)
1/2 − (Rpys

H2
)1/2)] (21d)

here Rf is the ratio of the total feed molar flow rate through the
ube-side to that through the shell-side.

T
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Tube-side energy balance:

d(F t
totCpt

mix
˚t)

dz
= Dat · NHR − JH2 Ct

H2
˚t − Stt(˚t − ˚s) (21e)

here NHR is the dimensionless heat of reaction, JH2 is the
imensionless H2 flux across the membrane while ˚’s are the
imensionless temperatures as defined in the Nomenclature sec-
ion.

Shell-side energy balance:

d(Fs
totCps

mix
˚s)

dz
= ±

{
−JH2RfC

s
H2

˚t−Sts(˚f−˚s)−Stt
s(˚t−˚s)

}
(21f)

here the signs (+) and (−) in Eqs. (21d) and (21f) apply to counter-
nd co-current operations respectively. The dimensionless compo-
ent molar rates are defined as:

y
w = Fy

w

Fy
toto

(22)

here the subscript “w” indicates the component (w =
2S, H2 or S2). The superscript “y” stands for tube (t) or shell (s),
nd Fy

toto
represents the total initial flow rate to “y”-side (tube or

hell). The model takes in account the total flow rate (Fy
tot) through

he tube and shell changes inside the reactor with position as a
onsequence of the H2 permeation through the membrane. Hence,
he dimensionless total molar flow rate (Fy

tot) is defined as:

y
tot = Fy

tot

Fy
toto

(23)

here Fy
toto

is the feed molar flow rate to the y-side.
The component balance Eqs. (21a–d) are clearly dependent on

he dimensionless numbers, Damkholer (Dat) and Tu which are
efined as:

at = −�H2SV

F t
toto

(24)

u = AUH2 (Pt
tot)

1/2

F t
toto

= A�MA(Pt
tot)

1/2

ıF t
toto

(25)

The tube Damkohler, Dat, number increases with tempera-
ure, residence time and the H2S composition but decreases along
he reactor length and eventually gets to zero if the reaction
eaches equilibrium. However, by transferring the hydrogen prod-
ct through the membrane the Dat would increase with the reactor

ength, z. The Damkohler number at the tube inlet, Dat
o, is defined

s:

at
o = −�H2So V

F t
toto

(26)

Thus, Dat can be expressed as a function of Dat
o, namely;

at = Dat
o

−�H2S

(−�H2S)o
(27)

The dimensionless number, Tu, which was first introduced by
toh et al. [21], represents the ratio of the hydrogen permeation rate
o the feed rate. It depends on the permeability (�MA), membrane
hickness (ı) and the molar feed rate to tube (F t

toto
). In particular,

he inlet value, Tuo, is given as:

uo = A�MAo (Pt
tot)

1/2

(28)

ıFtoto

Hence, Tu can be expressed as function of Tuo:

u = Tuo
�MA

�MAo

(29)
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The temperatures of the furnace, tube and shell inlets were
assumed to be equal. Thus, only the inlet temperature is specified.
The reactor was operated at 101.3 kPa and the changes in shell-side
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The pressure ratio, Rp, in Eqs. (21b) and (21d) represents the
atio of the total pressure between the shell and the tube sides and
s given as:

p = Ps
tot

Pt
tot

(30)

hile the parameter, Rf, is given by:

f = F t
toto

Fs
toto

(31)

H2 represents the dimensionless flux of H2 through the membrane:

H2 = TuH2 ((yt
H2

)
1/2 − (Rpys

H2
)1/2) (32)

Eq. (32) is the dimensionless version of Eqs. (7) or (10). NHR is
he dimensionless heat of reaction:

HR = −�Hrxn

T t
oCpt

mixo

(33)

The Stanton number for the tube- and shell-sides are further
iven by:

tt = Utg�DtL

F t
toto

Cpt
mixo

= Stt
o

(
Utg

Utg
o

)
(34)

ts = hf�DsL

Fs
toto

Cps
mixo

= Sts
o

(
hf

hf
o

)
(35)

tt
s = Utg�DtL

Fs
toto

Cps
mx0

= Stt
so

(
Utg

Utg
o

)
(36)

here Stt
o, Sts

o and Stt
so are the Stanton numbers calculated at the

nlet conditions. Utg, which is the overall heat transfer coefficient
s defined as:

tg =
[

1
hio

+ 1
ho

]−1
(37)

For simplicity, the heat transfer coefficients are assumed to be
onstant over the reactor length. Hence, the ratio (Utg/Utg

o ) and
hf/hf

o) are both unity. Finally, the wall temperature Tw, which is
eeded to calculate the permeability of the metal may be obtained

rom:

w = Ts + RhT t

1 + Rh
(38)

here Rh is the ratio of the heat transfer coefficients, hio/hi as spec-
fied in the nomenclature.

. Results and discussions

The system of ordinary differential equations (Eqs. (21a–f)) can
e solved as an initial-value problem using a fourth order Runge-
utta method. The initial molar compositions, total molar flow rates
t
toto

and Fs
toto

; temperatures T t
o, Ts

o, Tf and pressures Pt
tot and Ps

tot
ust be known. These data and the reactor characteristics are pro-

ided in Table 1 and used to calculate the required parameters in
qs. (21a–f).

The Runge-Kutta integration is a straightforward exercise for the
o-current case where the inlet to the tube and shell sides are at
he same end of the double-pipe reactor assembly since it can be

reated as an initial-value problem. However, the counter-current
ase is a nonlinear boundary-value problem since the tube inlet
whose initial conditions are known) is at the same end as the
hell-side exiting stream (with unknown final conditions). A shoot-
ng method rather than finite difference approach was employed

F
r

ig. 5. Effect of temperature on H2S conversion at rtt = 600 s, rts = 600 s, Rp = 1.

ue to the nonlinear character of the governing ODEs. Thus, in the
ounter-current situation, the gas composition profiles within the
hell-side (annulus) were initially assumed to be constant in order
o solve for the tube-side composition profiles. Subsequently, the
hell-side ODEs were then solved using the most recently obtained
ube-side composition data. This procedure was repeatedly looped
ntil the percentage variation in the shell-side outlet conditions for
uccessive iterations was less than 1 × 10−2. The CPU time to run
imulations for both Runge-Kutta and Shooting methods was about
0 s and 10 min respectively on a Pentium IV 2GB Ram machine.

The results of the modeling are shown in Figs. 5–11. The tube
eed composition was 20% H2S/argon for all the runs. The sweep
as was taken as pure argon. The fluid residence time for the tube
rtt) and shell (rts) sides were based on the feed molar flow rate
hrough the catalyst bed and annular volume respectively:

tt = V�t
mol

F t
tot

(39)

ts = V s�s
mol (40)
ig. 6. Effect of shell-tube side pressure ratio on H2S conversion at T t
o = 973 K,

tt = 600 s, rts = 600 s (Dat
o = 319, Tuo = 3.8).
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Fig. 7. Hydrogen mass transfer driving force (Pt 1/2
H2

− P
s 1/2
H2

) along the reactor for

the co- and counter-current operations (T t
o = 973 K, rtt = 600 s, rts = 600 s, Rp = 0.9,

Dat
o = 319, Tuo = 3.8).

Fig. 8. H2S conversion along the reactor for the co and counter-current arrangement
(T t

o = 973 K, rtt = 600 s, rts = 600 s, Rp = 0.9, Dat
o = 319, Tuo = 3.8).

Fig. 9. Effect of the shell residence time (rts) on H2S conversion at T t
o = 973 K,

rtt = 600 s, Rp = 0.3 (Dat
o = 319, Tuo = 3.8).
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ig. 10. Effect of the tube residence time (rtt) on H2S conversion at Tt
o = 973 K,

ts = 30 s, Rp = 0.3.

ressure are reported via the dimensionless number, Rp. The mem-
rane reactor characteristics were kept constant (cf. Table 1) in all
imulations except in Fig. 11 where the effect of the thickness of the
t coating was a variable.

Fig. 5 shows the effect of inlet temperature on the H2S con-
ersion. It is seen that the conversion increases with temperature,
hich is consistent with the endothermic nature of the reversible

eaction. Significantly, the conversion in the double-pipe catalytic
acked bed membrane reactor is superior to the operation with a
on-permeable tube wall. Additionally, the counter-current reactor
ffers a better performance at all temperatures than the co-current
peration. This is consistent with a shift to the right in the reac-
ion equation (cf. Eq. (14)) as predicted by Le Chatelier’s principle,
s H2 simultaneously diffuses through the membrane walls during
2S decomposition. As expected, the conversion in all three cases
xhibit Arrhenius-dependency on temperature.

Fig. 6 reveals that the reduction in shell-side pressure drop rel-
tive to the tube-side (decreasing Rp) increases H2S conversion
ossibly due to higher transmembrane pressure gradient. The supe-

iority of the counter-current operation to the co-current mode
s also evident from these data. Indeed, the parallel nature of
he two conversion profiles over the range of Rp examined indi-
ates that similar hydrogen transport mechanisms governed the

ig. 11. Effect of the Tuo number on H2S conversion at T t
o = 973 K, rtt = 60 s, Rp = 0.3

t three rts levels: 1, 10 and 30 s.
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ehaviour during both forms of operation. Significantly, conver-
ion under membrane operation was 3–7 times higher than the
hermodynamic estimate. More importantly, the use of low sweep
as pressure would reduce operating costs and favour subsequent
eparation of H2 from inert Ar.

Fig. 7 plots the transmembrane driving force, (Pt 1/2
H2

− Ps 1/2
H2

)
s a function of the reactor length. For the co-current reactor, the
2 partial pressure in the tube-side (packed bed) goes through an

nitial overshoot near the reactor entrance (z < 0.1) before relaxing
o a constant level at z > 0.4. The appearance of an overshoot (or
ndershoot) in composition (or conversion) profiles in fixed bed
atalytic reactors has precedence in the literature especially in the
ase of non-isothermal reversible reactions such as NH3 synthesis
nd SO2 oxidation [22]. The phenomenon is due to the interaction
etween the reversible form of the kinetic expression (with non-

inear Arrhenius-dependency on temperature in both forward and
ackward rate constants) and the magnitude of reaction thermicity.
or example, the governing reversible rate expressions for catalytic
H3 synthesis and SO2 oxidation are similar to the situation in H2S
ecomposition (cf. Eq. (15)). This lends credence to the attribu-
ion of the overshoot in the composition profile to nonlinearity in
he rate expression. The H2 profile within the shell-side, however,
ises rapidly to a plateau just marginally below the H2 pressure in
he tube-side, within the same distance (0 < z < 0.4). This is consis-
ent with the negligible reaction taking place in the shell-side. It is
pparent from this behaviour that the driving force across the mem-
rane is practically nil after about 40% of the reactor length. Indeed,
he transmembrane pressure drop is higher at dimensionless dis-
ance less than 0.4 but continuously decreases along the reactor
ength reaching a plateau close to the outlet. Thus, in the last half
f the reactor the low hydrogen transfer rate kept the H2S conver-
ion almost constant. This is confirmed by the axial H2S conversion
rofile shown in Fig. 8.

Interestingly, in the counter-current operation, although hydro-
en production exhibits a similar overshoot (cf. Fig. 7), it displays
larger negative axial pressure gradient over the entire reactor

ength with a concomitant positive axial H2 pressure gradient in
he shell-side. The existence of an overshoot in the axial H2 con-
entration profile in spite of this direction change further reinforces
ausative role of nonlinear interaction as being rooted in the struc-
ural form of the reversible rate law. It is evident that the type of
xial composition profile in a catalytic packed bed reactor is intri-
ately linked to the nature of the reaction mechanism.

Nevertheless, since the permeation coefficient is the same for
oth co-current and counter-current flows, it is apparent that the
ounter-current operation is a more effective gas separation mode.
n the counter-current arrangement, the transmembrane driving
orce is smaller than in the co-current one at the beginning of the
eactor. In fact, near the reactor inlet (shell exit) a negative H2 trans-
er is possible (from shell-to-tube side) probably due to the low H2S
onversion near the inlet and a correspondingly higher H2 content
n the sweep gas. However, contrary to the co-current arrangement,
he driving force increases along the reactor becoming higher dur-
ng the second half of the tube. As a result, there is an important
ydrogen transfer toward the end of the reactor shifting the equilib-
ium to the right and hence, an increased H2S conversion as evident
n Fig. 8.

Fig. 9 shows the effect of shell-side residence time (rts) on the
2S conversion. It is seen that reduction in rts increased H2S con-
ersion. Clearly, increasing sweep gas flow rate increases the H2

ux through membrane by keeping the shell hydrogen concen-
ration profile low. The figure also shows that conversions during

embrane operation are well above (>3) the theoretical equilib-
ium limit. However, in practice the recovery of H2 from such large
rgon flow rates (in downstream reactor sections of the plant) may

p
h
n
c

ig. 12. Temperature profile at the inlet in the co-current operation at T t
o = 973 K,

t
o = 973 K, rtt = 600 s, rts = 600 s (Dat

o = 319, Tuo = 3.8, Rp = 0.9).

e a constraint on the choice of rts employed for the membrane
eactor.

The effect of reducing the tube-side residence time (rtt) on
he conversion is shown in Fig. 10. As expected, H2S conversion is
educed by decreasing the rtt due to the reduction in the Damkohler
umber, Dat. For instance, the H2S conversion is reduced from 62.2%
o 15.7% by changing the rtt from 600 to 60 s in the co-current
rrangement, and from 72.3% to 16.2% on the counter-current one.
t is also apparent that the counter-current operation gave higher

2S conversions in the range of rtt examined.
Additional improvements in the conversion may be obtained

y increasing the hydrogen membrane permeability �MA. Fig. 11
hows the conversion as a function of the Tuo number. The major
esistance to mass transfer through the membrane is caused by
he Pt thickness that has a permeability of about four orders of

agnitude lower than Nb. Thus, the Tuo number can be increased
y reducing the thickness of the platinum coating. The plot shows
hat high conversions can be achieved with small shell residence
imes by reducing the thickness of the platinum layer. In practice,
xtremely thin Pt coating may be unreliable for extended use due
o development of hairline cracks at high reaction temperatures.
ven so, Kikuchi [23] has reported that Pt coating as low as 2 �m
ay be conveniently obtained by CVD and is structurally stable up

o 1200 K.
Fig. 12 displays the temperature profile of the co-current

peration. It shows that the tube temperature dropped sharply
rom the inlet temperature, 973–943 K just after the reactor inlet
0 < z < 0.0002) thereafter it rose monotonically to almost thermal
quilibrium with the shell-side at z > 0.020. This highly steep under-
hoot in temperature is a reflection of the large endothermic heat of
eaction which occasioned an abrupt drop in temperature almost
mmediately after entering the reactor tube. This is consistent with
he overshoot in H2 production (over the same axial distance). The
ow-on effect of the large drop in tube-side temperature is also
vident in the shell-side temperature, albeit with a much more
ttenuated drop (about 5 K compared to 30 K in the tube-side).

. Conclusions

A detailed analysis of hydrogen production from H S decom-
2
osition in a catalytic packed bed double-pipe membrane reactor
as demonstrated that it is possible to exceed the thermody-
amic ceiling by two- to five-fold-improvement for this equilibrium
onstrained endothermic reaction. The modeling showed that oper-
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tion in the counter-current mode gave better H2 yield than in the
o-current strategy. Although the Nb membrane inner tube has to
e coated with Pt to improve the resistance against H2S attack,
ur analysis demonstrated that an optimum Pt thickness of about
�m is required to achieve nearly complete H2S conversion. The
odel was also made more realistic than previous membrane reac-

or treatments by the inclusion of a criterion that admitted the
emperature-dependency of membrane permeability. The findings
f this study showed that the practical implementation of a shell
nd tube catalytic packed membrane reactor is possible and indeed,
ndependent experimental results in our laboratory have provided
upportive evidence with up to 300% increase in H2 yield seen
nder some conditions [24].
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